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Nomenclature and Units

Following is a listing of typical nomenclature and units expressed in SI and U.S. customary. Specific definitions and units are stated at the place of application in the

section.
U.S. customary U.S. customary
Symbol Definition Sl units units Symbol Definition Sl units units
AB,C,... Names of substances, t Time s S
or their concentrations n Mean residence time s s
A° Free radical, as CH;° t 1/7, reduced time
C, Concentration of substance A kg mol/m*  Ib mol/ft® TER Tubular flow reactor
c° Initial mean concentration kg mol/m*  Ib mol/ft® u Linear velocity m/s ft/s
. in vessel . u(t) Unit step input
C, Heat capacity kJ/(kgK) Btu/(IbmCF) v Volume of reactor contents m? e
CSTR C(.mtmu'ous stlm'ed. tank reactor v Volumetric flow rate m¥s s
D, D,, D, Dispersion coefficient m?/s ft?/s v Volume of reactor me f
Des Etfective diffusivity s s x ’ Axial position in a reactor m ft
e ) ) E
Dy Knudsen diffusivity m?/s fts x, 1-f,=1-C,Cporl—n,
E(t) Residence time distribution n.o fraction of A converted
E(t) Normalized residence z x/L, normalized axial position
time distribution
fi C,1C. 0T n,Ing, fraction of A Greek letters
remaining unconverted B IR, normalized radial
F(t) Age function of tracer position
AG Gibbs energy change kJ Btu V() Skewness of distribution
Ha Hatta number 3(t) Unit impulse input,
AH, Heat of reaction kd/kg mol  Btu/lb mol Dirac function
K K, K, K, Chemical equilibrium constant € Fraction void space in a
k, k., k, Specific rate of reaction Variable Variable QaCKEd bed i
L Length of path in reactor m ft 9 tlt, ret_Juced time
n Parameter of Erlang or n Eff(:cltlvsness of porous
gamma distribution, or cata y_s .
number of stages in a A() Intensity function
CSTR battery U Viscosity Pals Ibm/(ft(s)
n, Number of mols of A present v vlp, kinematic viscosity m?/s ftéls
n, Numbel_' of mols ﬂowi_ng T Total pressure Pa psi
per ubnlt tlnjtet, ghe r;])rlme () o Density kg/m? lbm/feé
may be omitted when ) )
con);ext is clear P il R(;s?t(i)gnm?r:?dorrzdlal
n, Total number of mols » P . P
. . a’(t) Variance
Pa Partial pressure of substance A kPa psi () Normalized variance
Pe Peclet number for dispersion . " 1/i. reduced time
PFR Plug flow reactor T ,rt it
Q Heat transfer kJ Btu ! T(r:ielIJ:smﬁ dulus
r Radial position m ft . Modified Thiele modulus
r, Rate of reaction of A per Variable Variable @
unit volume Subscripts
R Radius of cylindrical vessel m ft 0 Subscript designating initial
Re Reynolds number or inlet conditions,
Sc Schmidt number asin C,o, 0, Vo, « - -
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MODELING CHEMICAL REACTORS

GENERAL REFERENCES: The General References listed in Sec. 7 are applica-
ble for Sec. 23. References to specific topics are made throughout this section.

An industrial chemical reactor is a complex device in which heat trans-
fer, mass transfer, diffusion, and friction may occur along with chemi-
cal reaction, and it must be safe and controllable. In large vessels,
questions of mixing of reactants, flow distribution, residence time dis-
tribution, and efficient utilization of the surface of porous catalysts
also arise. A particular process can be dominated by one of these fac-
tors or by several of them; for example, a reactor may on occasion be
predominantly a heat exchanger or a mass-transfer device. A success-
ful commercial unit is an economic balance of all these factors.

Some modes of heat transfer to stirred tank reactors are shown in
Fig. 23-1 and to packed bed reactors in Fig. 23-2. Temperature and
composition profiles of some processes are shown in Fig. 23-3. Oper-
ating data, catalysts, and reaction times are stated for a number of
industrial reaction processes in Table 23-1.

Many successful types of reactors are illustrated throughout this
section. Additional sketches may be found in other books on this topic,
particularly in Walas (Chemical Process Equipment Selection and
Design, Butterworths, 1990) and Ullmann (Encyclopedia of Chemical
Technology (in German), vol. 3, Verlag Chemie, 1973, pp. 321-518).

The general characteristics of the main types of reactors—batch and
continuous—are clear. Batch processes are suited to small production
rates, to long reaction times, or to reactions where they may have supe-
rior selectivity, as in some polymerizations. They are conducted in
tanks with stirring of the contents by internal impellers, gas bubbles, or
pumparound. Temperature control is with internal surfaces or jackets,
reflux condensers, or pumparound through an exchanger.

Large daily production rates are mostly conducted in continuous
equipment, either in a series of stirred tanks or in units in which some
degree of plug flow is attained. Many different equipment configura-
tions are illustrated throughout this section for reactions of liquids,
gases, and solids, singly or in combinations. By showing how some-
thing has been done previously, this picture gallery may suggest how a
similar new process could be implemented.

Continuous stirred tank reactors (CSTRs) are frequently employed
multiply and in series. Reactants are continuously fed to the first ves-
sel; they overflow through the others in succession, while being thor-

FIG. 23-1 Heat transfer to stirred tank reactors. («) Jacket. (b) Internal coils.
(c) Internal tubes. (d) External heat exchanger. (¢) External reflux condensor.
() Fired heater. (Walas, Reaction Kinetics for Chemical Engineers, McGraw-
Hill, 1959).

oughly mixed in each vessel. Ideally, the composition is uniform in
individual vessels, but a stepped concentration gradient exists in the
system as a whole. For some cases, a series of five or six vessels approx-
imates the performance of a plug flow reactor. Instead of being in dis-
tinct vessels, the several stages of a CSTR battery can be put in a
single shell. If horizontal, the multistage reactor is compartmented by
vertical weirs of different heights, over which the reacting mixture
cascades. When the reactants are of limited miscibilities and have a
sufficient density difference, the vertical staged reactor lends itself to
countercurrent operation, a real advantage with reversible reactions.
A small fluidized bed is essentially completely mixed. A large com-
mercial fluidized bed reactor is of nearly uniform temperature, but
the flow patterns consist of mixed and plug flow and in-between
Zones.

Tubular flow reactors (TFRs) are characterized by continuous gra-
dients of concentration in the direction of flow that approach plug
flow, in contrast to the stepped gradient characteristic of the CSTR
battery. They may have several pipes or tubes in parallel. The reac-
tants are charged continuously at one end and products are removed
at the other end. Normally a steady state is attained, a fact of impor-
tance for automatic control and for laboratory work. Both horizontal
and vertical orientations are common. When heat transfer is needed,
individual tubes are jacketed or shell-and-tube construction is used.
In the latter case the reactants may be on either the shell or the tube
side. The reactant side may be filled with solid particles, either cat-
alytic (if required) or inert, to improve heat transfer by increased tur-
bulence or to improve interphase contact in heterogeneous reactions.
Large-diameter vessels with packing or trays may approach plug flow
behavior and are widely employed. Some of the configurations in use
are axial flow, radial flow, multiple shell, with built-in heat exchangers,
horizontal, vertical and so on. Quasi-plug flow reactors have continu-
ous gradients but are not quite in plug flow.

Semiflow or batch flow operations may employ a single stirred tank
or a series of them. Some of the reactants are loaded into the reactors
as a single charge and the remaining ones are then fed gradually. This
mode of operation is especially favored when large heat effects occur
and heat-transfer capability is limited, since exothermic reactions can
be slowed down and endothermic rates maintained by limiting the
concentrations of some of the reactants. Other situations making this
sort of operation desirable occur when high concentrations may result
in the formation of undesirable side products, or when one of the
reactants is a gas of limited solubility so that it can be fed only at the
dissolution rate.

Relative advantages and fields of application of continuous stirred
and plug flow reactors may be indicated briefly. A reaction battery is a
highly flexible device, although both mechanically and operationally
more expensive and complex than tubular units. Relatively slow reac-
tions are best conducted in a CSTR battery, which is usually cheaper
than a single reactor for moderate production rates. The tubular reac-
tor is especially suited to cases needing considerable heat transfer,
where high pressures and very high or very low temperatures occur,
and when relatively short reaction times suffice.

MATHEMATICAL MODELS

A model of a reaction process is a set of data and equations that is
believed to represent the performance of a specific vessel configura-
tion (mixed, plug flow, laminar, dispersed, and so on). The equations
include the stoichiometric relations, rate equations, heat and material
balances, and auxiliary relations such as those of mass transfer, pres-
sure variation, contacting efficiency, residence time distribution, and
so on. The data describe physical and thermodynamic properties and,
in the ultimate analysis, economic factors.

Correlations of heat and mass-transfer rates are fairly well devel-
oped and can be incorporated in models of a reaction process, but the
chemical rate data must be determined individually. The most useful
rate data are at constant temperature, under conditions where exter-
nal mass transfer resistance has been avoided, and with small particles
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FIG. 23-2 Heat exchange in packed reactors. («) Adiabatic downflow. (b) Adiabatic radial flow, low AP. (¢) Built-in interbed exchanger. (d) Shell and tube. (¢)
Interbed cold-shot injection. (f) External interbed exchanger. (¢) Autothermal shell, outside influent/effluent heat exchanger. (h) Multibed adiabatic reactors with
interstage heaters. (i) Platinum catalyst, fixed bed reformer for 5,000 BPSD charge rate; reactors 1 and 2 are 5.5 by 9.5 ft and reactor 3 is 6.5 by 12.0 ft; tempera-
tures 502 [J 433,502 [0 471,502 0 496°C. To convert ft to m, multiply by 0.3048; BPSD to m¥h, multiply by 0.00662.

with complete catalyst effectiveness. Equipment for obtaining such
data is now widely used, especially for reactions with solid catalysts,
and it is virtually essential for serious work. Simpler equipment gives
data that are more difficult to interpret but may be adequate for
exploratory work.

Once fundamental data have been obtained, the goal is to develop
a mathematical model of the process and to utilize it to explore such
possibilities as product selectivity, start-up and shut-down behavior,
vessel configuration, temperature, pressure, and conversion profiles,
and so on.

How complete a model has to be is an open question. Very elabo-
rate ones are justifiable and have been developed only for certain
widely practiced and large-scale processes, or for processes where
operating conditions are especially critical. The only policy to follow is
to balance the cost of development of the model against any safety fac-
tors that otherwise must be applied to a final process design. Engi-
neers constantly use heat and material balances without perhaps
realizing, like Moliere’s Bourgeois, that they are modeling mathemat-
ically. The simplest models may be adequate for broad discrimination
between alternatives.

MODELING PRINCIPLES

How a differential equation is formulated for some kinds of ideal reac-
tors is described briefly in Sec. 7 of this Handbook and at greater
length with many examples in Walas (Modeling with Differential
Equations in Chemical Engineering, Butterworth-Heineman, 1991).

First, a mechanism is assumed: whether completely mixed, plug flow,
laminar, with dispersion, with bypass or recycle or dead space, steady
or unsteady, and so on. Then, for a differential element of space
and/or time the elements of a conservation law,

Inputs + Sources = Outputs + Sinks + Accumulations

are formulated and put together. Any transport properties are intro-
duced through known correlations together with the parameters of
specified rate equations. The model can be used to find the perfor-
mance under various conditions, or its parameters can be evaluated
from experimental data. The two comprehensive examples in this sec-
tion evaluate performance when all the parameters are known. There
are other examples in these sections where the parameters of rate
equations, residence time distributions, or effectiveness are to be
found from rate or tracer data.

CHEMICAL KINETIC LAWS

The two basic laws of kinetics are the law of mass action for the rate of
a reaction and the Arrhenius equation for its dependence on temper-
ature. Both of these are strictly empirical. They depend on the struc-
tures of the molecules, but at present the constants of the equations
cannot be derived from the structures of reacting molecules. For a
reaction, ¢A +bB 0 Products, the combined law is

. ST (v +%) cuct

-— 23-1
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FIG. 23-3 Temperature and composition profiles. (¢) Oxidation of SO, with intercooling and two cold shots. (b) Phosgene from CO and Cl,, activated car-
bon in 2-in tubes, water cooled. (c) Cumene from benzene and propylene, phosphoric acid on quartz, with four quench zones, 260°C. (d) Mild thermal crack-
ing of a heavy oil in a tubular furnace, back pressure of 250 psig and several heat fluxes, Btu/(ft?[), T in °F. (¢) Vertical ammonia synthesizer at 300 atm, with
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fresh feed. To convert psi to kPa, multiply by 6.895; atm to kPa, multiply by 101.3.
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TABLE 23-1 Residence Times and/or Space Velocities in Industrial Chemical Reactors*
Residence
time or
Product Reactor space Source and
(raw materials) Type | phase Catalyst T, °C P, atm velocity paget
Acetaldehyde (ethylene, air) FB L Cu and Pd chlorides 50-100 8 6-40 min 2]11,[713
Acetic anhydride (acetic acid) TO L Triethylphosphate 700-800 0.3 0.25-5s 2
Acetone (i-propanol) MT LG Ni 300 1 25h 111314
Acrolein (formaldehyde, acetaldehyde) FL G MnO, silica gel 280-320 1 06s 1]1384,[7]33
Acrylonitrile (air, propylene, ammonia) FL G Bi phosphomolybdate 400 1 43s 3] 684, [2] 47
Adipic acid (nitration of cyclohexanol) TO L Co naphthenate 125-160 4-20 2h 2] 51, [7] 49
Adiponitrile (adipic acid) FB G H;BO; 370-410 1 35-5s 1]2 152,
H;PO, 350-500 GHSV | [7] 52
Alkylate (i-C,, butenes) CST L H,SO, 5-10 2-3 5-40 min 4] 223
Alkylate (i-C,, butenes) CST L HF 25-38 8-11 5-25 min 4] 223
Allyl chloride (propylene, Cl,) TO G NA 500 3 0.3-15s 1] 2 416, [7] 67
Ammonia (H,, N,) FB G Fe 450 150 28s 6] 61
7,800 GHSV
Ammonia (H,, Ny) FB G Fe 450 225 33s [6] 61
10,000 GHSV
Ammonia oxidation Flame| G Pt gauze 900 8 0.0026 s 6] 115
Aniline (nitrobenzene, H,) B L FeCl, in H,O 95-100 1 8h 1] 3289
Aniline (nitrobenzene, H,) FB G Cu onsilica 250-300 1 0.5-100s 7] 82
Aspirin (salicylic acid, acetic anhydride) B L None 90 1 >1h 7189
Benzene (toluene) TU G None 740 38 48s 6] 36,
815 GHSV 9] 109
Benzene (toluene) TU G None 650 35 128s 1] 4183, [7] 98
Benzoic acid (toluene, air) SCST LG None 125-175 9-13 0.2-2h 7] 101
Butadiene (butane) FB G Cr,0;, Al,O4 750 1 0.1-1s 7] 118
Butadiene (1-butene) FB G None 600 0.25 0.001s 3] 572
34,000 GHSV
Butadiene sulfone (butadiene, SO,) CST L t-Butyl catechol 34 12 0.2 LHSV 115192
i-Butane (n-butane) FB L AICI; on bauxite 40-120 18-36 0.5-1 LHSV |[4] 239, [7] 683
i-Butane (n-butane) FB L Ni 370-500 20-50 1-6 WHSV 4] 239
Butanols (propylene hydroformylation) FB L PH,-modified 150-200 1,000 1009 LM 115373
Co carbonyls
Butanols (propylene hydroformylation) FB L Fe pentacarbonyl 110 10 1h 7] 125
Calcium stearate B L None 180 5 1-2h 7] 135
Caprolactam (cyclohexane oxime) CST L Polyphosphoric 80-110 1 0.25-2h 116 73, [7] 139
acid
Carbon disulfide (methane, sulfur) Furn. G None 500-700 1 10s [1] 6 322, [7] 144
Carbon monoxide oxidation (shift) TU G Cu-Zn or Fe,0; 390-220 26 45s [6] 44
7,000 GHSV
Portland cement Kiln S 1,400-1,700 1 10h 11]
Chloral (Cl,, acetaldehyde) CST LG None 20-90 1 140 h 7] 158
Chlorobenzenes (benzene, Cl,) SCST LG Fe 40 1 24 h 118122
Coking, delayed (heater) TU LG None 490-500 15-4 250s 1]108
Coking, delayed (drum, 100 ft max height) B LG None 500-440 4 0.3-0.5 ft/s 11108
vapor
Cracking, fluid catalytic Riser G Zeolite 520-540 2-3 2-4s (14) 353
Cracking, hydro (gas oils) FB LG Ni, SiO,, Al,O3 350-420 100-150 1-2 LHSV 11]
Cracking (visbreaking residual oils) TU LG None 470-495 10-30 4505, 8 LHSV | [11]
Cumene (benzene, propylene) FB G H,PO, 260 35 23 LHSV 11]
Cumene hydroperoxide (cumene, air) CST L Metal porphyrins 95-120 2-15 1-3h 71191
Cyclohexane (benzene, H,) FB G Ni on Al,O, 150-250 25-55 0.75-2 LHSV |[7] 201
Cyclohexanol (cyclohexane, air) SCST LG None 185-200 48 2-10 min 7] 203
Cyclohexanone (cyclohexanol) CST L N.A. 107 1 0.75h 8] (1963)
Cyclohexanone (cyclohexanol) MT G Cu on pumice 250-350 1 4-12s 8] (1963)
Cyclopentadiene (dicyclopentadiene) TJ G None 220-300 1-2 0.1-0.5 LHSV |[7] 212
DDT (chloral, chlorobenzene) B L Oleum 0-15 1 8h 7]233
Dextrose (starch) CST L H,SO, 165 1 20 min 8] (1951)
Dextrose (starch) CST L Enzyme 60 1 100 min 7] 217
Dibutylphthalate (phthalic anhydride, butanol) B L H,SO, 150-200 1 1-3h 7] 227
Diethylketone (ethylene, CO) TO L Co oleate 150-300 200-500 0.1-10h 7] 243
Dimethylsulfide (methanol, CS;) FB G Al,O, 375-535 5 150 GHSV 7] 266
Diphenyl (benzene) MT G None 730 2 0.6s 7] 275,
33LHSV |[8](1938)
Dodecylbenzene (benzene, propylene tetramer) CST L AICl; 15-20 1 1-30 min 7] 283
Ethanol (ethylene, H,0) FB G H;PO, 300 82 1,800 GHSV | [2] 356, [7] 297
Ethyl acetate (ethanol, acetic acid) TU, L H,SO, 100 1 0.5-0.8 LHSV | [10] 45, 52, 58
CST
Ethyl chloride (ethylene, HCI) TO G ZnCl, 150-250 6-20 2s 7] 305
Ethylene (ethane) TU G None 860 2 1.03s 3] 411,
1,880 GHSV |[6] 13
Ethylene (naphtha) TU G None 550-750 2-7 0.5-3s 7] 254
Ethylene, propylene chlorohydrins (Cl,, H,O) CST LG None 30-40 3-10 0.5-5 min 7] 310, 580
Ethylene glycol (ethylene oxide, H,O) TO LG 1% H,SO, 50-70 1 30 min 2] 398
Ethylene glycol (ethylene oxide, H,O) TO LG None 195 13 1h 2] 398
Ethylene oxide (ethylene, air) FL G Ag 270-290 1 1s 2] 409, [7] 322
Ethyl ether (ethanol) FB G WO, 120-375 2-100 30 min 7] 326
Fatty alcohols (coconut oil) B L Na, solvent 142 1 2h 8] (1953)
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TABLE 23-1 Residence Times and/or Space Velocities in Industrial Chemical Reactors (Concluded)

Residence
time or
Product Reactor space Source and
(raw materials) Type | phase Catalyst T, °C P, atm velocity paget
Formaldehyde (methanol, air) FB G Ag gauze 450-600 1 0.01s 2] 423
Glycerol (allyl alcohol, H,0,) CST L H,WO, 40-60 1 3h 7] 347
Hydrogen (methane, steam) MT G Ni 790 13 54s 6] 133
3,000 GHSV
Hydrodesulfurization of naphtha TO LG Co-MO 315-500 20-70 1.5-8 LHSV | [4] 285,
125 WHSV 6] 179,
9] 201
Hydrogenation of cottonseed oil SCST LG Ni 130 5 6h 6] 161
Isoprene (i-butene, formaldehyde) FB G HCI, silica gel 250-350 1 1h 7] 389
Maleic anhydride (butenes, air) FL G V,05 300-450 2-10 0.1-5s 7] 406
Melamine (urea) B L None 340-400 40-150 5-60 min 71410
Methanol (CO, H,) FB G ZnO, Cr,0, 350-400 340 5,000 GHSV | [7]421
Methanol (CO, H,) FB G Zn0, Cr,04 350-400 254 28,000 GHSV | [3] 562
o-Methyl benzoic acid (xylene, air) CST L None 160 14 0.32h 3] 732
3.1 LHSV
Methyl chloride (methanol, Cl,) FB G Al,O; gel 340-350 1 275 GHSV 2]533
Methyl ethyl ketone (2-butanol) FB G Zno 425-475 2-4 0.5-10 min 7]437
Methyl ethyl ketone (2-butanol) FB G Brass spheres 450 5 21s 10] 284
13 LHSV
Nitrobenzene (benzene, HNO3) CST L H,S0, 45-95 1 3-40 min 7] 468
Nitromethane (methane, HNO3) TO G None 450-700 5-40 0.07-0.35s 71474
Nylon-6 (caprolactam) TU L Na 260 1 12h 71480
Phenol (cumene hydroperoxide) CST L SO, 45-65 2-3 15 min 71520
Phenol (chlorobenzene, steam) FB G Cu, Ca phosphate 430-450 1-2 2 WHSV 71522
Phosgene (CO, Cl,) MT G Activated carbon 50 5-10 16s 11]
900 GHSV
Phthalic anhydride (o-xylene, air) MT G V,05 350 1 15s 3] 482, 539, [7] 529
Phthalic anhydride (naphthalene, air) FL G V,05 350 1 5s 9] 136, [10] 335
Polycarbonate resin (bisphenol-A, phosgene) B L Benzyltriethylammonium |  30-40 1 0.25-4 h 7] 452
chloride
Polyethylene TU L Organic peroxides 180-200 | 1,000-1,700 | 0.5-50 min 71547
Polyethylene TU L Cr,0s, AL,Os, SiO, 70-200 20-50 0.1-1,000s | [7] 549
Polypropylene TO L R,AICI, TiCl, 15-65 10-20 15-100 min | [7] 559
Polyvinyl chloride B L Organic peroxides 60 10 5.3-10h 6] 139
i-Propanol (propylene, H,O) TO L H,SO, 70-110 2-14 0.5-4h 71393
Propionitrile (propylene, NH,) TU G CoO 350-425 70-200 0.3-2 LHSV | [7]578
Reforming of naphtha (H,/hydrocarbon = 6) FB G Pt 490 30-35 3 LHSV 6] 99
8,000 GHSV
Starch (corn, H,0) B L SO, 25-60 1 18-72h [7] 607
Styrene (ethylbenzene) MT G Metal oxides 600-650 1 02s [5] 424
7,500 GHSV
Sulfur dioxide oxidation FB G V,0s 475 1 245 [6] 86
700 GHSV
t-Butyl methacrylate (methacrylic acid, i-butene) | CST L H,SO, 25 3 0.3 LHSV [1]5 328
Thiophene (butane, S) TU G None 600-700 1 0.01-1s [7] 652
Toluene diisocyanate (toluene diamine, phosgene) | B LG None 200-210 1 7h [7] 657
Toluene diamine (dinitrotoluene, H,) B LG Pd 80 6 10h [7] 656
Tricresyl phosphate (cresyl, POCly) TO L MgCl, 150-300 1 0.5-25h [2] 850, [7] 673
Vinyl chloride (ethylene, Cl,) FL G None 450-550 2-10 0.5-55 [7] 699
Aldehydes (diisobutene, CO) CST LG Co Carbonyl 150 200 1.7h (12) 173
Allyl alcohol (propylene oxide) FB G Li phosphate 250 1 1.0 LHSV (15) 23
Automobile exhaust FB G Pt-Pd: 1-2 g/unit 400-600+ 1
Gasoline (methanol) FB G Zeolite 400 20 2 WHSV (13)3 383
Hydrogen cyanide (NH3, CH,) FB G Pt-Rh 1150 1 0.005 s (15) 211
Isoprene, polymer B L Al(i-Bu)TiCl, 20-50 1-5 1.5-4h (15) 82
NO, pollutant (with NHz) FB G V,05[TiO, 300-400 1-10 (14) 332
Vinyl acetate (ethylene + CO) TO LG Cu-Pd 130 30 1hL,10sG | (12) 140

*Abbreviations: reactors: batch (B), continuous stirred tank (CST), fixed bed of catalyst (FB), fluidized bed of catalyst (FL), furnace (Furn.), multitubular (MT),
semicontinuous stirred tank (SCST), tower (TO), tubular (TU). Phases: liquid (L), gas (G), both (LG). Space velocities (hourly): gas (GHSV), liquid (LHSV), weight
(WHSV). Not available, NA. To convert atm to kPa, multiply by 101.3.

t1.J.J. McKetta, ed., Encyclopedia of Chemical Processing and Design, Marcel Dekker, 1976 to date (referenced by volume).

. W. L. Faith, D. B. Keyes, and R. L. Clark, Industrial Chemicals, revised by F. A. Lowenstein and M. K. Moran, John Wiley & Sons, 1975.
. G. F. Froment and K. B. Bischoff, Chemical Reactor Analysis and Design, John Wiley & Sons, 1979.

. R.J. Hengstebeck, Petroleum Processing, McGraw-Hill, New York, 1959.

. V. G. Jenson and G. V. Jeffreys, Mathematical Methods in Chemical Engineering, 2d ed., Academic Press, 1977.

. H. F. Rase, Chemical Reactor Design for Process Plants, Vol. 2: Case Studies, John Wiley & Sons, 1977.

. M. Sittig, Organic Chemical Process Encyclopedia, Noyes, 1969 (patent literature exclusively).

. Student Contest Problems, published annually by AIChE, New York (referenced by year).

.M. O. Tarhan, Catalytic Reactor Design, McGraw-Hill, 1983.

. K. R. Westerterp, W. P. M. van Swaaij, and A. A. C. M. Beenackers, Chemical Reactor Design and Operation, John Wiley & Sons, 1984.
11. Personal communication (Walas, 1985).

12. B. C. Gates, J. R. Katzer, and G. C. A. Schuit, Chemistry of Catalytic Processes, McGraw-Hill, 1979.

13. B. E. Leach, ed., Applied Industrial Catalysts, 3 vols., Academic Press, 1983.

14. C. N. Satterfield, Heterogeneous Catalysis in Industrial Practice, McGraw-Hill, 1991.

15. C. L. Thomas, Catalytic Processes and Proven Catalysts, Academic Press, 1970.
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When the density is constant, replace n,/V, = C,. How the constants
a, B, vy, and & are found from experimental conversion data is
explained in Sec. 7.

BASIC REACTOR ELEMENTS

Reactions are carried out as batches or with continuous streams
through a vessel. Flow reactors are distinguished by the degree of
mixing of successive inputs. The limiting cases are: (1) with complete
mixing, called an ideal continuous stirred tank reactor (CSTR), and
(2) with no axial mixing, called a plug flow reactor (PFR).

Real reactors deviate more or less from these ideal behaviors. Devi-
ations may be detected with residence time distributions (RTD)
obtained with the aid of tracer tests. In other cases a mechanism may
be postulated and its parameters checked against test data. The com-
monest models are combinations of CSTRs and PFRs in series and/or
parallel. Thus, a stirred tank may be assumed completely mixed in the
vicinity of the impeller and in plug flow near the outlet.

The combination of reactor elements is facilitated by the concept of
transfer functions. By this means the Laplace transform can be found
for the overall model, and the residence time distribution can be
found after inversion. Finally, the chemical conversion in the model
can be developed with the segregation and maximum mixed models.

Simple combinations of reactor elements can be solved directly.
Figure 23-8, for instance, shows two CSTRs in series and with recycle
through a PFR. The material balances with an n-order reaction
r=kC" are

[
Cz 1+ ](‘7,(]2
RV'

V'C;+RC3 = (V' + R)Cy +kV,4C1
(V'+R)C, = (V' + R)Cy +kV,2C; (23-2)

Elimination of C; and C; from these equations will result in the
desired relation between inlet C; and outlet C, concentrations,
although not in an explicit form except for zero or first-order reac-
tions. Alternatively, the Laplace transform could be found, inverted
and used to evaluate segregated or max mixed conversions that are
defined later. Inversion of a transform like that of Fig. 23-8 is facili-
tated after replacing the exponential by some ratio of polynomials, a
Padé approximation, as explained in books on linear control theory.
Numerical inversion is always possible.

A stirred tank sometimes can be modeled as having a fraction a in
bypass and a fraction (3 of the reactor volume stagnant. The material
balance then is made up of

C=0Cy+(1-0a)C; (23-3)
L-a)V'Co=(1-a)V'Cy+(1L-P)kV.Cy (23-4)
where C; is the concentration leaving the active zone of the tank.

Elimination of C; will relate the input and overall output concentra-
tions. For a first-order reaction,

Co_y, V0=

C V(l-a)
The two parameters a and [3 may be expected to depend on the
amount of agitation.

A flow reactor with some deviation from plug flow, a quasi-PFR,
may be modeled as a CSTR battery with a characteristic number n of
stages, or as a dispersion model with a characteristic value of the dis-
persion coefficient or Peclet number. These models are described
later.

(23-5)

MATERIAL BALANCES

Material and energy balances of common types of reactors are sum-
marized in several tables of Sec. 7. For review purposes some material
balances are restated here. For the nth stage of a CSTR battery,

Vi-1Ci-1 = VG, + Vi, (23-6)
or at constant density and a power law rate,

Ci-1=C, +kt,C} (23-7)
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The concentrations of all stages are found in succession when Cj is
known. For a PFR,

d 7"“ “
V'dn,=r,dV,=k|—=| dV,
\%

g Ve
kV. =J \%4 (*) dn,
Ny
For operation with an inert tracer, the material balances are conve-
niently handled as Laplace transforms. For a stirred tank, the differ-
ential equation

(23-8)

ng

C0=C+Z(;C, C=0 when =0  (23-9)

t

becomes _C :L_ (23-10)
Co 1+ts

and the partial differential equation of a plug flow vessel becomes

L op (i) (23-11)
Co
The terms on the right are the transfer functions.
With the two units in series,
G (9) <Q> = &P (th) (23-12)
C, \C./\Cy L+t
and in parallel with a fraction 3 going to the mixed unit
C B -
— = — + (1 - B) exp (-t 23-13
G0 1+in (1 - B) exp (~t2s) (23-13)
- 4 - 7
where f; = ‘1 tz:#
BV 1-pv

HEAT TRANSFER AND MASS TRANSFER

Temperature affects rates of reaction, degradation of catalysts, and
equilibrium conversion. Some of the modes of heat transfer applied in
reactors are indicated in Figs. 23-1 and 23-2. Profiles of some tem-
peratures and compostions in reactors are in Figs. 23-3 to 23-6, 23-22,
and 23-40. Many reactors with fixed beds of catalyst pellets have
divided beds, with heat transfer between the individual sections. Such
units can take advantage of initial high rates at high temperatures and
higher equilibrium conversions at lower temperatures. Data for two
such cases are shown in Table 23-2. For SO, the conversion attained
in the fourth bed is 97.5 percent, compared with an adiabatic single
bed value of 74.8 percent. With the three-bed ammonia reactor, final
ammonia concentration is 18.0 percent, compared with the one-stage
adiabatic value of 15.4 percent. Some catalysts deteriorate at much
above 500°C, another reason for limiting temperatures.

Since reactors come in a variety of configurations, use a variety of
operating modes, and may handle mixed phases, the design of provi-
sions for temperature control draws on a large body of heat transfer
theory and data. These extensive topics are treated in other sections of
this Handbook and in other references. Some of the high points perti-
nent to reactors are covered by Rase (Chemical Reactor Design for
Process Plants, Wiley, 1977). Two encyclopedic references are Heat
Exchanger Design Handbook (5 vols., Hemisphere, 1983—date), and
Cheremisinoff, ed. (Handbook of Heat and Mass Transfer; 4 vols.,
Gulf, 1986-1990), which has several articles addressed specifically to
reactors.

References to mass transfer are made throughout this section wher-
ever multiple phases are discussed.

CASE STUDIES

Exploration for an acceptable or optimum design of a new reaction
process may need to consider reactor types, several catalysts, specifi-
cations of feed and product, operating conditions, and economic eval-
uations. Modifications to an existing process likewise may need to
consider many cases. These efforts can be eased by commercial kinet-
ics services. A typical one can handle up to 20 reactions in CSTRs or
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FIG. 23-4 (a) Visbreaking flowsketch, feed 160,000 Ibm/h, kgq = 0.000248/s, tubes 5.05 in 1D by 40 ft; (b) Q/A = 10,000 Btu/(ft?(), P, = 250 psig; (c) Q/A = 10,000
Btu/(ft?[), P, = 150 or 250 psig; (d) three different heat fluxes, P, = 250 psig; (e) variation of heat flux, average 10,000 Btu/(ft*), P, = 250 psig; (f) halving the
specific rate. T in °F. To convert psi to kPa, multiply by 6.895; ft to m, multiply by 0.3048; in to cm, multiply by 2.54.
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FIG. 23-5 Visbreaking fresh oil at 38,000 Ibm/h, kgy = 0.00012/s, plus heavy gas oil at 38,000 Ibm/h, kg = 0.00004/s, 2% steam to put flow in the turbulent range.
Tubes 4.25 in 1D by 69 ft. («) Heat flux 2,300 without steam. (b) Heat flux 2,600 with steam. (c) Soaker operation cuts the peak temperature by 50 ft and the heat flux
by 30%. () When the feed rate turndown is 50%, steam rate is increased to 4% to keep flow turbulent. To convert ft to m, multiply by 0.3048; in to cm, multiply by

2.54; Ib to kg/h, multiply by 0.454; At°F to At°C, multiply by 0.556.

PFRs, under isothermal, adiabatic, or heat transfer conditions in one
or two phases. Outputs can provide profiles of composition, pressure,
and temperature as well as vessel size.

When the kinetics are unknown, still-useful information can be
obtained by finding equilibrium compositions at fixed temperature or
adiabatically, or at some specified approach to the adiabatic tempera-
ture, say within 25°C (45°F) of it. Such calculations require only an
input of the components of the feed and products and their thermo-
dynamic properties, not their stoichiometric relations, and are based
on Gibbs energy minimization. Computer programs appear, for
instance, in Smith and Missen (Chemical Reaction Equilibrium
Analysis Theory and Algorithms, Wiley, 1982), but the problem often
is laborious enough to warrant use of one of the several available com-
mercial services and their data banks. Several simpler cases with spec-
ified stoichiometries are solved by Walas (Phase Equilibria in
Chemical Engineering, Butterworths, 1985).

For some widely practiced processes, especially in the petroleum
industry, reliable and convenient computerized models are available
from a number of vendors or, by license, from proprietary sources.
Included are reactor-regenerator of fluid catalytic cracking, hydro-
treating, hydrocracking, alkylation with HF or H,SO,, reforming with
Pt or Pt-Re catalysts, tubular steam cracking of hydrocarbon fractions,
noncatalytic pyrolysis to ethylene, ammonia synthesis, and other
processes by suppliers of catalysts. Vendors of some process simula-
tions are listed in the CEP Software Directory (AIChE, 1994).

Several excellent case studies that appear in the literature are listed,
following.

Rase (Case Studies and Design Data, vol. 2 of Chemical Reactor
Design for Process Plants, Wiley, 1977) has these items:

Styrene polymerization

Cracking of ethane to ethylene

Quench cooling in the ethylene process

Toluene dealkylation

Shift conversion

Ammonia synthesis

Sulfur dioxide oxidation

Catalytic reforming

Ammonia oxidation

Phthalic anhydride production

Steam reforming

Vinyl chloride polymerization

Batch hydrogenation of cottonseed oil

Hydrodesulfurization

Rase (Fixed Bed Reactor Design and Diagnostics, Butterworths,
1990) has a general computer program for reactor design and these
case studies:

Methane-steam reaction

Hydrogenation of benzene to cyclohexane

Dehydrogenation of ethylbenzene to styrene

Tarhan (Catalytic Reactor Design, McGraw-Hill, 1983) has com-
puter programs and results for these cases:

Toluene hydrodealkylation to benzene and methane

Phthalic anhydride by air oxidation of naphthalene

Trickle bed reactor for hydrodesulfurization
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FIG. 23-6 Temperature in K and composition profiles in the styrene reactor. («) Temperature profiles with 7' = 1000,
Tso=936.5, and hU/k; =0.5. (b) Composition profiles with T' = 1000, hU/k; = 1000. h = radial increment, U = heat-transfer
coefficient at the wall, k. = thermal conductivity, T in K. To convert K to R, multiply by 1.8.

To T hUlkg Tso n at 50% conversion
873 1000 0 873 —*
873 1000 0.5 936.5 25.3
873 1000 0.5 873 26.1
873 1000 1000 1000 15.6
873 1050 0.5 962.5 21.6
873 873 0.5 873 51.2

*The adiabatic reaction temperature reaches essentially the steady condi-
23-12 tions, x = 0.426 and T = 784, after about 70 axial increments.



TABLE 23-2 Multibed Reactors, Adiabatic Temperature Rises
and Approaches to Equilibrium*

Oxidation of SO, at atmospheric pressure in a four-bed reactor. Feed 6.26%
SO,, 8.3% O,, 5.74% CO,, and 79.7% N,.

°C Conversion, %

In Out Plant Equilibrium
463.9 592.8 68.7 74.8
455.0 495.0 91.8 93.4
458.9 465.0 96.0 96.1
435.0 437.2 97.5 97.7

Ammonia synthesis in a three bed reactor at 225 atm. Feed 22% N,, 66% H,,
12% inerts.

°C Ammonia, %

In Out Calculated Equilibrium
399 518.9 13.0 15.4
427 488.9 16.0 19.0
427 470.0 18.0 21.7

*To convert atm to kPa multiply by 101.3.
SOURCE: Plant data and calculated design values from Rase, Chemical Reac-
tor Design for Process Plants, Wiley, 1977.

Ramage, Graziani, Schipper, Krambeck, and Choi (Advances in
Chemical Engineering, vol. 13, Academic Press, 1987, pp. 193-266):

Mobil’s Kinetic Reforming Model

Dente and Ranzi (in Albright et al., eds., Pyrolysis Theory and
Industrial Practice, Academic Press, 1983, pp. 133-175):

Mathematical modeling of hydrocarbon pyrolysis reactions

Shah and Sharma (in Carberry and Varma, eds., Chemical Reaction
and Reaction Engineering Handbook, Dekker, 1987, pp. 713-721):

Hydroxylamine phosphate manufacture in a slurry reactor

Some aspects of a kinetic model of methanol synthesis are
described in the first example, which is followed by a second example
that describes coping with the multiplicity of reactants and reactions
of some petroleum conversion processes. Then two somewhat simpli-
fied industrial examples are worked out in detail: mild thermal crack-
ing and production of styrene. Even these calculations are impractical
without a computer. The basic data and mathematics and some of the
results are presented.

Example 1: Kinetics and Equilibria of Methanol Synthesis
Although methanol from synthesis gas has been a large-scale industrial chemical
for 70 years, the scientific basis of the manufacture apparently can stand some
improvement, which was undertaken by Beenackers, Graaf, and Stamhuis (in
Cheremisinoff, ed., Handbook of Heat and Mass Transfer, vol. 3, Gulf, 1989,
pp. 671-699). The process occurs at 50 to 100 atm with catalyst of oxides of Cu-
Zn-Al and a feed stream of H,, CO, and CO,. Three reactions were taken for the
process:

CO +3H; = CH,OH
CO,+H; = CO+H;0
CO, +3H, « CH,OH

In some earlier work the shift reaction was assumed always at equilibrium.
Fugacities were calculated with the SRK and Peng-Robinson equations of state,
and correlations were made of the equilibrium constants.

Various Langmuir-Hinshelwood mechanisms were assumed. CO and CO,
were assumed to adsorb on one kind of active site, s1, and H, and H,O on
another kind, s2. The H, adsorbed with dissociation and all participants were
assumed to be in adsorptive equilibrium. Some 48 possible controlling mecha-
nisms were examined, each with 7 empirical constants. Variance analysis of the
experimental data reduced the number to three possibilities. The rate equations
of the three reactions are stated for the mechanisms finally adopted, with the
constants correlated by the Arrhenius equation.

Kinetic studies were made with a spinning basket reactor using catalyst
HaldorTopsoe MK 101, at three pressures and three temperatures.

Effectiveness factors of the porous catalyst were found by comparison with
crushed particles 0.15 to 0.2 mm in diameter. For methanol formation the range
of effectiveness was from approximately 0.9 at 490 K to 0.5 at 560 K, and for
water formation 0.8 at 490 K and 0.5 at 560 K.

(shift reaction)

Simpler, mostly power law rate equations for the production of
mixed alcohols from synthesis gas are cited by Forzatti, Tronconi, and

MODELING CHEMICAL REACTORS 23-13

Villa (in Handbook of Heat & Mass Transfer, vol. 4, Gulf, 1990, pp.
289-311). Agreements between their correlations and some data were
deemed satisfactory. Rate equations are not necessarily the same on
different catalysts.

Example 2: Coping with Multiple Reactants and Reactions

(@) Thermal cracking of ethane and propane is done to make primarily
olefins but other products also are formed. A number of simplified reaction
models are in use. One of these (Sundaram and Froment, Chem. Eng. Sci., 32,
601-617 [1977]; Ind. Eng. Chem. Fund., 17, 174-182 [1978]) takes these reac-
tions to represent the cracking processes:

Ethane cracking Propane cracking

k
C,Hg #—1 CoHs+ H, C3Hg——> C,H4+ CHy

k
2C,Hg —2> C3Hg+ CH,4 CsHg=C;zHg+ H,

k
CaHg —— C3Hs + Hy C3Hg+ CyHy;—> CoHg + C3Hg

k
C3Hg —> C,H,+ CHy 2C3Hg —> 3C,H,

k
CaHg =—== C,H, + CH, 2C3Hg —> 0.5Cg + 3CH,

k,
C,Hz+ CoHy —2> C4H, CsHg===C,H,+ CH,

C3H6 + C2H6 — C4H3 + CH4
CaHe = C,H;+ H,
CoH4+ CoHy——> CyHg

In the second paper the models were amplified: for ethane, 49 reactions with 11
molecular species and 9 free radicals; for propane, 80 reactions with 11 molecu-
lar species and 11 free radicals. The second paper has a list of 133 reactions
involving light hydrocarbons and their first- or second-order specific rates.

(b) The feed to a typical fluidized catalytic cracking unit consists of liquid Cs
to C4 and contains thousands of individual species. This stream is made
amenable to kinetic modeling by a process of lumping. A Mobil Corporation
model (Weekman, “Lumps Models and Kinetics in Practice,” AICRE Mono-
graph Series No. 11, 1979) employs 10 lumps and 20 reactions. There are four
lumps each in the boiling range, 222 to 342°C, of paraffins, naphthenes, aro-
matics, and aromatic substituents and also four above 342°C. The other two
lumps are total C, to C, plus coke, and Cs to 222°C. The specific rates are pre-
sumably proprietary data. In 1991, a seventh generation of this model was said
to be in use.

() Commercial catalytic reformers upgrade naphthas in the C; to C,, range to
high-octane gasoline with coproducts. Some 300 participants have been identi-
fied. In a Mobil Corporation model (Ramage et al., Advances in Chemical Engi-
neering, vol. 13, Academic Press, 1987, pp. 193-266; Sapre, in Sapre and
Krambeck, eds., Chemical Reactions in Complex Mixtures, Van Nostrand Rein-
hold, 1991, pp. 222-253) these have been lumped into pseudocomponents identi-
fied by carbon number and chemical nature. These lumps vary with the age of the
catalyst. The table shows the 13 lumps adopted for the “start of the kinetic cycle.”

Carbon
number

Six-carbon-ring
naphthenes, Ng

Five-carbon-ring

naphthenes, N5 Paraffins, P Aromatics, A

Ce. Cg cyclohexanes (1) Cg cyclopentanes (2) Cs- paraffins (3) Cg- aromatics (4)
C; Methylcyclohexane  Cyclopentanes (6) Heptanes (7) Toluene (8)
(5)
Cs Cyclohexane (9) Methylcyclopentane  Hexanes (11) Benzene (12)
(10)
Cs Cs- hydrocarbons
. (13)

The reaction network is shown in the paper. The kinetic characteristics of the
lumps are proprietary. Originally, the model required 30 person-years of effort
on paper and in the laboratory, and it is kept up to date.

Example 3: Thermal Cracking of Heavy Oils (Visbreaking)
Mild thermal cracking is conducted in the tubes of a fired heater, sometimes fol-
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lowed by an adiabatic holding drum. The cases to be studied are for making a
product with reduced viscosity and with 8 percent gasoline plus 2 percent gas. A
tube diameter is first selected with the rule that the cold oil velocity be 5 to 6
ft/s; this diameter is subject to change during the course of the calculation. For
a specified heat flux, Q/A Btu/(h{ft? of tube surface), a number of parameters
can be explored:

« Number of tubes of a given length, with and without a soaking drum

« Profiles of T, P, and fractional conversion x
A key consideration is that coking becomes likely in the vicinity of 900°F.

For the process of the flowsketch two different cases will be examined:

(a) Oil feed 160,000 Ibm/h, kgg = 0.000248/s, tubes 5.05 in 1D, 40 ft long.

(b) 38,000 Ibm/h of fresh oil, kgy = 0.00012/s, + 38,000 Ibm/h heavy gas oil,
kgoo = 0.00004/s, + 1,520 Ibm/h steam; 64 tubes in series, 4.25 in 1D, each 69 ft
long.

In view of the necessity to be able to design for charge stocks of varied and
not-well-characterized properties, some approximations are made. The main
properties and operating variables are listed. n is the increment number of the
integration and x is the fraction decomposed to gas + gasoline.

1. The components are original oil M, lbm/h, 10°API; cracked oil, 30°API;
steam S, Ibm/h; gasoline product 114 mol wt; gas product 28 mol wt.

2. The gas produced is a fraction y = 0.2 of the gas + gasoline made.

3. The specific rate at temperature T, is

)]
T, + 460

k = kgoo €Xxp | 50,000
800 p|: (lZGO

4. The mean density is figured on the assumption that the gas and gasoline
are in the vapor phase and the cracked oil is in the liquid phase:

Pu =f (T, Py x, Q)

5. The viscosity is that of the 30°AP1 stock. v, = (T,), cSt.

6. Heat of reaction AH, = 332 Btu/(Ibm gas + gasoline)

7. Q,A,/M =heat input per increment of reactor, Btu/(hllbm feed).

8. [Each component of the feed has the enthalpy equation H, = A, +
B;(T — 800).

9. The enthalpies of the mixtures leaving increments n and n + 1 of the
reaction are expressed per unit mass of fresh oil,

H,=f(T,, x,), H, o1 =f(T, 41, %,41)
10. The enthalpy balance over an increment of tubes is

A,
H,+ Qw =H, o+ AL, 1 - x,)

11. The temperature is derived from the enthalpy balance and is
Tys1=To+ f(T,, x4 X, 41) (B)
where T, =800 is the reference temperature for enthalpy.
12.  The Reynolds number is
Re, = 6.316 (M + S)
Dp.v,

D, in; p, Ibm/ft; v, cSt

13. The friction factor is given by Round’s equation with a roughness factor
€ =0.00015 ft,

_ 1.6434
" In(0.000243/D + 6.5/Re,)
14. The pressure relation, lom/in? is
—6
3356(L0°)Lc 5)2<f L ) ©
D Pu Pu+r

The differential material balance of the first-order flow reaction is

kM(1 - x) kM(1 - x)
' (M +S)lp

Po1=P, +

Mdx =rdV,=kCdV, = dv, = dv,

M+S
The integral is rearranged to

=kp< M ) (1-x)VidN

N+ AN

Vi
Ye1=1-(1-ux, - kp dN
Xpa1 ( x)exp[ M+SL pd :|

Integration is by successive approximation, using essentially Euler’s method.
For the first trial,

xi=1-(1-x) exp ( s )m) (D)
and for subsequent trials,
1800V,
iP=1-(1-x)exp { : [(kp),. + (kp).,ﬂ]] B

Here,

k, is a function of T,

p. is a function of T,, P, and x,

V, is the volume of one tube

AN is the number of tubes per reactor increment

3,600 compensates for the fact that k, is per s and M + S is per h

Calculation procedure

(a) Inthe preheat zone of the reactor, before cracking is appreciable, usually
below 800°F, the pressure drop is found adequately enough by taking average
densities and Reynolds numbers over this zone. The conditions at the inlet to
the reaction zone are designated x,, Ty, and P,.

(b) Evaluate k,, H,, p,, and v, at the inlet, where n = 0.

(c) Apply Eqg. (D) to find the first approximation x{%), at the end of the first
reactor increment.

(d) Find the next approximation x?,, with Eq. (E).

(e) If the condition

|x(n2)+1 \u +1|
e, 00

is not satisfied, repeat the process; otherwise, continue with the next increment
until the specified conversion is attained or some other specification is met or
violated.

Equivalent residence time (ERT) can be found after the temperature profile

has been established:
o)
ERT =—— pdz (F)
V’pﬁ J; kHOO

where z is the fractional distance along the total tube length. Engineers in the
industry have a feel for what value of ERT is desirable with particular stocks and
their conversion. The number usually is in the range of 500 to 1,500.

Results  The results of computer calculations are summarized for the two
operations by Figs. 23-4 and 23-5. In the second design, the equations had to be
modified to take account of two feeds with different specific rates.

Example 4: Styrene from Ethylbenzene The principal reaction in
the dehydrogenation of ethylbenzene is to styrene and hydrogen,

CeHsC,Hs = CeHsCoHz + H,

For a catalyst packed reactor, a rate equation was found by Wenner and Dybdal
(Chem. Eng. Prog., 44, 275-286 [1948]):

2
R.= k,.(PE - %) kg mol/(hRg catalyst) (A)
k. =exp (9.44 _ 11,000 ) (B)
T
K, =exp (15.69 - L;)OO) ©

where the pressures are in bar and temperatures in K.
The material balance with bulk flow in the axial direction z and diffusion in
the radial direction r with diffusivity D gives rise to the equation

ouC) D |: *uC) 1 0ucC) ]
-= += +pR,=0 D
0z ul or r o or P (®)
In terms of the fraction converted, the material balance becomes
" 12, "
0_“‘_2[3_‘+1ﬂ]_ P_r =0 (E)
0z 0 r ar] wuCo

Similarly, the heat balance gives rise to
a_T - k“ |:62_T + l 0_T:| + —T Alp
& GC, o’ r or GC,

where G is the mass flow rate (2,500 kg/h as developed later).

Operating conditions The reactor is 10 cm ID, input of ethylbenzene is
0.069 kg mol/h, input of steam is 0.69 kgmol/h, total of 2,500 kg/h. Pressure is
1.2 bar, inlet temperature is 600°C. Heat is supplied at some constant tempera-
ture in a jacket. Performance is to be found with several values of heat transfer
coefficient at the wall, including the adiabatic case.

Data

Bulk density of catalyst

Heat of reaction

Thermal conductivity

Ratio of diffusivity to linear velocity Dlu =0.000427 m

Specific heat of the mixture C,=2.18kikg K

In terms of the fractional conversion and the ideal gas law, the rate equation

becomes
- - 2
11,000)[1 x _E( x )] ©)
T 1 +x K \11+x

R.=0 F

p =1,440 kg/m*
AH, = 140,000 kJ/kg mol
k,=0.45 W/m K

R.=12exp (9.44 -
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Substitution of the data transforms the heat and material balances into Egs.
(H) and (1):

. 217 .
or :a<" r,1or ) -bR, =0000297, b =37,000 (H)

= \oF - oor
2., -
O _ c(a—“ E} a—“) +dR,  ¢=0000427, d=164 0
0z o r or
At the center, Egs. (H) and (1) become, after application of I'Hopital’s rule,
oT T
— =2a —— - bR, J
= o 0
Ox o°T
— =2c — +dR. K
o e )
At the wall,
&, or_ u(r-T) (L)
or

Eqgs. (H) through (L) will be solved by the explicit finite difference method.
Substitute

0_’1:,lm,wfl_’lm,uY k=M (M)
0z k

oT _ T, .,+1—Tm,u—1y h=Ar N)
or 2h

0T _ Tpirn—=2T, ,+ T,

OT _ Th+1 ot Tn-1n o
or? h? ©)

and similarly for variable x.
The substituted finite difference equations will contain the terms

_ 0.000427k
=2

_ 0.000297k
=

M =0.250, for stability P)

M =0.174

The choice M' = 0.250 is to prevent negative coefficients and thus an unstable
iterative process.

The finite difference equations will be formulated with five radial increments
m=0,1, 2,3, 4,5, and for as many axial increments as necessary to obtain 50
percent conversion. Accordingly,

h=Ar=1cm
k= Ase 0.250
0.000427
At the center, m =0, the finite difference equations become
To,+1=4MTy,, + (1 = 4M)To,, — kbR.o,, Q)

=585cm
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Xo,u+1 =4M'xy, + (1 = 4M')xo,,, + kdR,o,, (R)
Whenm =1, 2,3, or4,

1
Tone1= M(l + 7)Tm amt(1-2M) T, ,
2m

(1N KR,
2m
1
Nns1 =M1+ — x4, +(1-2M)x, ,
2m

. M(l . Zi) fosn HkdRor, (T)

m
At the wall, m = 5, the heat-transfer coefficient is U and the heating gas has
temperature T,

T, + (hUIK )T,

Ts, = U
¥ T 14 hUR, )
X5, 0 = Xa,n W)
The rate equation becomes

1-x 1.2( «x 2

Ry =12 k{ S _ 7( T ) } W
1l +x,, K \1l+x,,

k. = exp <9.44 B 11,000) "
K, =exp (15_69 - 15_000) "

At this point the computer takes over. Cases with several values of jacket tem-
perature and several values of heat-transfer coefficient, or hU/k,, are examined,
and also several assumptions about the temperature at the wall at the inlet. Eq.
(U) with n = 0 could be used. The number of axial increments are found for sev-
eral cases of 50% conversion. Two of the profiles of temperature or conversion
are shown in Fig. 23-6.

The Crank-Nicholson implicit method and the method of lines for numerical
solution of these equations do not restrict the radial and axial increments as Eq.
(P) does. They are more involved procedures, but the burden is placed on the
computer in all cases.

A version of this problem is solved by Jenson and Jeffreys (Mathematical
Methods in Chemical Engineering, Academic Press, 1977).

More up-to-date data of this process are employed in a study by Rase (Fixed
Bed Reactor Design and Diagnostics, Butterworths, 1990, pp. 275-286). In
order to keep the pressure drop low, radial flow reactors are used, two units in
series with reheating between them. Simultaneous formation of benzene,
toluene, and minor products is taken into account. An economic comparison is
made of two different catalysts under a variety of operating conditions. Some of
the computer printouts are shown there.

RESIDENCE TIME DISTRIBUTION (RTD) AND REACTOR EFFICIENCY

The distribution of residence times of reactants or tracers in a flow
vessel, the RTD, is a key datum for determining reactor performance,
either the expected conversion or the range in which the conversion
must fall. In this section it is shown how tracer tests may be used to
establish how nearly a particular vessel approaches some standard
ideal behavior, or what its efficiency is. The most useful comparisons
are with complete mixing and with plug flow. A glossary of special
terms is given in Table 23-3, and major relations of tracer response
functions are shown in Table 23-4.

TRACERS

Nonreactive substances that can be used in small concentrations and
that can easily be detected by analysis are the most useful tracers.
When making a test, tracer is injected at the inlet of the vessel along
with the normal charge of process or carrier fluid, according to some
definite time sequence. The progress of both the inlet and outlet con-
centrations with time is noted. Those data are converted to a resi-
dence time distribution (RTD) that tells how much time each fraction
of the charge spends in the vessel.

An RTD, however, does not represent the mixing behavior in a ves-
sel uniquely, because several arrangements of the internals of a vessel
may give the same tracer response, for example, any series arrange-
ments of reactor elements such as plug flow or complete mixing. This
is a consequence of the fact that tracer behavior is represented by lin-
ear differential equations. The lack of uniqueness limits direct appli-
cation of tracer studies to first-order reactions with constant specific
rates. For other reactions, the tracer curve may determine the upper
and lower limits of reactor performance. When this range is not too
broad, the result can be useful. Tracer data also may be taken at sev-
eral representative positions in the vessel in order to develop a realis-
tic model of the reactor.

REACTOR EFFICIENCY

One quantitative measure of reactor efficiency at a conversion level x
is the ratio of the mean residence time or the reactor volume in a plug
flow reactor to that of the reactor in question,

n.= (%) = (VIV), (23-14)
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TABLE 23-3 Glossary of RTD Terms

TABLE 23-4 Tracer Response Functions

Closed end vessel One in which the inlet and outlet streams are completely
mixed and dispersion occurs only between the terminals. At the inlet where
z=0,uCy =[uC - D,(0C/0z)].-o; at the outlet where x = L, (0C/0z).-,, = 0.
These are called Danckwerts” boundary conditions.

Concentration The main special kinds are: Cs, that of the effluent from a ves-
sel with impulse input of tracer; C° = m/V,, the initial mean concentration
resulting from impulse input of magnitude m; C,, that of the effluent from a
vessel with a step input of magnitude C;.

Dispersion The movement of aggregates of molecules under the influence of
a gradient of concentration, temperature, and so on. The effect is repre-
sented by Fick’s law with a dispersion coefficient substituted for molecular
diffusivity. Thus, rate of transfer = -D,(0C/0z).

Impulse An amount of tracer injected instantaneously into a vessel at time
zero. The symbol md(t — a) represents an impulse of magnitude m injected at
time ¢ = a. The effluent concentration resulting from an impulse input is des-
ignated Cs.

Maximum mixedness Exists when any molecule that enters a vessel imme-
diately becomes associated with those molecules with which it will eventually
leave the vessel; that is, with those molecules that have the same life expecta-
tion. A state of MM is associated with every RTD.

Mixing, ideal or complete A state of complete uniformity of composition
and temperature in a vessel. In flow, the residence time varies exponentially,
from zero to infinity.

Peclet number for dispersion Pe =uL/D, where u is a linear velocity, L is
a linear dimension, and D, is the dispersion coefficient. In packed beds,
Pe =ud,/D,, where u is the interstitial velocity and d, is the pellet diameter.

Plug flow A condition in which all effluent molecules have had the same res-
idence time.

Residence time distribution (RTD) In the case of elutriation of tracer from
a vessel that contained an initial average concentration C°, the area under a
plot of E(t) = Cefuent/C° between the ordinates at ¢, and ¢, is the fraction of the
molecules that have residence times in this range. In the case of constant input
of concentration C; to a vessel with zero initial concentration, the ratio F(t) =
Ceruent/Cy at t, is the fraction of molecules with residence times less than ¢,.

Residence time, mean The average time spent by the molecules in a vessel.
Mathematically, it is the first moment of the effluent concentration from a
vessel with impulse input, or

tCsdt

Segregated flow Occurs when all molecules that enter together also leave
together. A state of aggregation is associated with every RTD. Each aggregate
of molecules reacts independently of every other aggregate; thus, as an indi-
vidual batch reactor.

Skewness The third moment of a residence time distribution:

v = - IPEQ de

It is a measure of asymmetry.

Step An input in which the concentration of tracer is changed to some con-
stant value C; at time zero and maintained at this level indefinitely. The sym-
bol Cru(t — a) represents a step of magnitude C; beginning at ¢ = a. The
resulting effluent concentration is designated C,.

Variance  The second moment of the RTD. There are two forms: one in terms
of the absolute time, designated o?(t); and the other in terms of reduced time,
i, = tlt, designated o°(t,). _

| ¢-tcsar -
o= =[ -trE@ de
f Csdt °

(1) = @ =] ", - 17E0) i,

The conversion level sometimes is taken at 95 percent of equilibrium,
but there is no universal standard.

Other measures of efficiency are derived from the experimental
RTD, which is characterized at least approximately by the variance
o?(t,). This quantity is zero for plug flow and unity for complete mix-
ing, and thus affords natural bounds to an efficiency equated to the
variance. It is possible, however, for the variance to fall out of the
range (0,1) when stagnancy or bypassing occurs.

A related measure of efficiency is the equivalent number of stages
Nerang OF @ CSTR battery with the same variance as the measured RTD.
Practically, in some cases 5 or 6 stages may be taken to approximate
plug flow. The dispersion coefficient D, also is a measure of deviation

Mean residence time:

f ) tCsdt J o tdC,
j=o o

J Tesdt G

Initial mean concentration with impulse input,

) t
Reduced time: t,= -

Residence time distribution:

Cs _E®t) _dF@)
J Csdt 4 di
0

Residence time distribution, normalized,

E(t) =

impulse output

E@t)=
& initial mean concentration
_Cs_ 105 _ P b = PO
f Csdt dt
0
Age: ) = step o_utput
step input
f Cs dt ©
= Do =F(,
Cr f Cydt
Internal age: It)=1-F(@)
Intensity: A@E) = _EO__EQ
1-F@) I()
Variance: fw 2Cydl
sdt
2 - - )2 - '2 0
G(t)—f (t-tVPEt)dt=—t"+"=
o J Csdt
0
Variance, normalized: ) Jm t2Cs dt
o2t = o’(t) _ o
t)="mr =+ 2
t
Csdt
[ e

1
=| €-veare)
0
Skewness, third moment:

V() = fo "t - D) e,

from plug flow and has the merit that some limited correlations in
terms of operating conditions have been obtained.

No correlations of G%(t,) OF nenng have been achieved in terms of
operating variables. At present, the chief value of RTD studies is for
the diagnosis of the performance of existing equipment; for instance,
maldistribution of catalyst in a packed reactor, or bypassing or stag-
nancy in stirred tanks. Reactor models made up of series and/or paral-
lel elements also can be handled theoretically by these methods.

TRACER RESPONSE

The unsteady material balances of tracer tests are represented by lin-
ear differential equations with constant coefficients that relate an
input function C(t) to a response function of the form

S0l g

0

(23-15)

The general form of the material balance is the familiar one,
Inputs + Sources = Outputs + Sinks + Accumulations
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as described in the “Modeling Chemical Reactors” section. For the
special case of initial equilibrium or dead state (all derivatives = 0 at
time 0), the transformed function of the preceding equation is
C=—"—
2 a,s"
and C(¢) is found by inversion with a table of Laplace transform pairs.
The individual transform is defined as

(23-16)

C=ck)= " exp (=s0C(0) dt (23-17)
The ratio of transforms,
)= CO) _
G(s) o) (23-18)

is called a transfer function. The concept is useful in the representa-
tion of systems consisting of several elements in series and parallel.

A particularly useful property of linear differential equations may
be explained by comparing an equation and its derivative in operator
form,
dea(t
Oy =) and D)= E0

where the RHS of the second equation is the derivative of the RHS of
the first. The property in question is that z = dy/dt. The chief use of
this property in this area is with the step and impulse functions, the
impulse being the derivative of the step. Often problems are easier to
visualize and formulate in terms of the step input, but the desired
solution may be for the impulse input which gives the RTD directly.

Kinds of Inputs Since a tracer material balance is represented
by a linear differential equation, the response to any one kind of input
is derivable from some other known input, either analytically or
numerically. Although in practice some arbitrary variation of input
concentration with time may be employed, five mathematically simple
input signals supply most needs. Impulse and step are defined in the
Glossary (Table 23-3). Square pulse is changed at time a, kept constant
for an interval, then reduced to the original value. Ramp is changed at
a constant rate for a period of interest. A sinusoid is a signal that varies
sinusoidally with time. Sinusoidal concentrations are not easy to
achieve, but such variations of flow rate and temperature are treated
in the vast literature of automatic control and may have potential in
tracer studies.

(23-19)

RESPONSE FUNCTIONS

The chief quantities based on tracer tests are summarized in Table
23-4. Effluent concentrations resulting from impulse and step inputs
are designated C; and C,, respectively. The initial mean concentration
resulting from an impulse of magnitude m into a vessel of volume V. is
C° =mlV,. The mean residence time is the ratio of the vessel volume
to the volumetric flow rate, t = V./V' or t = [; tC5 dtl[; Csdt. The
reduced time is t. = t/t.

Residence time distributions are used in two forms: Normalized,
E(t,) = C5/C® or plain, E(t) = Cs/], Csdt. The relation between them
is E(t,) = tE(t). On time plots, the area under either RTD is unity:
Is E(t,) dt, =], E@t) dt = 1. Moreover, the area between the ordinates
at ¢, and t, is the fraction of the total effluent that has spent the period
between those times in the vessel.

The age function is defined in terms of the step input as

.

) =% =f () di
foe

Relations to other functions are in Table 23-3.

The intensity function A(t) = E(t)/[1 — F(t)] occurs in the maximum
mixing concept and is of value, for instance, in detecting maldistribu-
tions of catalyst and channeling in a packed vessel.

The Erlang number neq.ng and the variances o?(t,) and o%(t) are sin-
gle parameter characterizations of RTD curves. The skewness y(t),
and higher moments can be used to represent RTD curves more
closely if the data are accurate enough.
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ELEMENTARY MODELS

Real reactors may conform to some sort of ideal mixing patterns, or
their performance may be simulated by combinations of ideal models.
The commonest ideal models are the following:

e Plug flow reactor (PFR), in which all portions of the charge have
the same residence time. The concentration varies with time and posi-
tion, according to the equation,

oC

9L +V'—=0
ot ov,
e Continuous stirred tank reactor (CSTR), with the effluent con-
centration the same as the uniform vessel concentration. With a mean
residence time ¢t = V,/V', the material balance is

-dC .
t o + C = Input concentration

= Dispersion model is based on Fick’s diffusion law with an empir-
ical dispersion coefficient D, substituted for the diffusion coefficient.
The material balance is

2,
X0 FC
ot av, V2

* Laminar or power law velocity distribution in which the linear
velocity varies with radial position in a cylindrical vessel. Plug flow
exists along any streamline and the mean concentration is found by
integration over the cross section.

e Distribution models are curvefits of empirical RTDs. The Gauss-
ian distribution is a one-parameter function based on the statistical
rule with that name. The Erlang and gamma models are based on the
concept of the multistage CSTR. RTD curves often can be well fitted
by ratios of polynomials of the time.

Figure 23-7 illustrates the responses of CSTRs and PFRs to
impulse or step inputs of tracers.

REAL BEHAVIOR

An empty tubular reactor often can be simulated as a PFR or by a dis-
persion model with a small value of the dispersion coefficient. Stirred
tank performance often is nearly completely mixed (CSTR), or the
model may be modified by taking account of bypass zones, stagnant
zones, or other parameters associated with the geometry and opera-
tion of the vessel. The additional parameters contribute to the mathe-
matical complexity of the model. Sometimes the vessel can be
visualized as a zone of complete mixing in the vicinity of impellers fol-
lowed by plug flow zones el